Edited by Lonnie O. Ingram, University of Florida, Gainesville, FL, and approved January 13, 2016 (received for review August 27, 2015) In the quest for inexpensive feedstocks for the cost-effective production of liquid fuels, we have examined gaseous substrates that could be made available at low cost and sufficiently large scale for industrial fuel production. Here we introduce a new bioconversion scheme that effectively converts syngas, generated from gasification of coal, natural gas, or biomass, into lipids that can be used for biodiesel production. We present an integrated conversion method comprising a two-stage system. In the first stage, an anaerobic bioreactor converts mixtures of gases of CO 2 and CO or H 2 to acetic acid, using the anaerobic acetogen Moorella thermoacetica. The acetic acid product is fed as a substrate to a second bioreactor, where it is converted aerobically into lipids by an engineered oleaginous yeast, Yarrowia lipolytica. We first describe the process carried out in each reactor and then present an integrated system that produces microbial oil, using synthesis gas as input. The integrated continuous bench-scale reactor system produced 18 g/L of C16-C18 triacylglycerides directly from synthesis gas, with an overall productivity of 0.19 g·L
·h −1 and a lipid content of 36%. Although suboptimal relative to the performance of the individual reactor components, the presented integrated system demonstrates the feasibility of substantial net fixation of carbon dioxide and conversion of gaseous feedstocks to lipids for biodiesel production. The system can be further optimized to approach the performance of its individual units so that it can be used for the economical conversion of waste gases from steel mills to valuable liquid fuels for transportation.
two-stage bioprocess | lipid production | microbial fermentation | gas-to-liquid fuel | CO 2 fixation C oncerns over diminishing oil reserves and climate-changing greenhouse gas emissions have led to calls for clean and renewable liquid fuels (1) . One promising direction has been the production of microbial oil from carbohydrate feedstocks. This oil can be readily converted to biodiesel and recently there has been significant progress in the engineering of oleaginous microbes for the production of lipids from sugars (2) (3) (4) (5) . A major problem with this approach has been the relatively high sugar feedstock cost. Alternatively, less costly industrial gases containing CO 2 with reducing agents, such as CO or H 2 , have been investigated. In one application, anaerobic Clostridia have been used to convert synthesis gas to ethanol (6) , albeit at low concentration requiring high separation cost. Here we present an alternative gas-to-lipids approach that overcomes the drawbacks of previous schemes.
We have shown previously that acetate in excess of 30 g/L can be produced from mixtures of CO 2 and CO/H 2 , using an evolved strain of the acetogen Moorella thermoacetica, with a substantial productivity of 0.55 g·L
·h −1 and yield of 92% (7) . We also have demonstrated that the engineering of the oleaginous yeast Yarrowia lipolytica can yield biocatalysts that can produce lipids from glucose at high yields and productivities (2, 5) . At the same time, as part of the quest for inexpensive feedstock, we have investigated lipid production from other substrates such as acetate and other volatile fatty acids (VFAs) that can be potentially sourced at lower costs as products of anaerobic digestion or from exhaust gases in steel manufacturing. In this study, we show that the above two systems can be integrated into a two-stage process whereby CO 2 and CO/H 2 are converted to acetic acid in the first-stage anaerobic bubble column bioreactor and the product acetic acid is subsequently converted to lipids by Y. lipolytica in a second-stage aerobic bioreactor. To assess the merits of this approach, we individually optimized fermentations of M. thermoacetica and Y. lipolytica with the intent to maximize acetate and lipid yield and productivity, respectively. A hollow fiber membrane filter was deployed in the anaerobic bioreactor to allow continuous removal of the acetic acid product and recycle of M. thermoacetica cells to the bubble anaerobic column. Similarly, cell recycle was also used in the second bioreactor to decouple the residence time required for growth and lipogenesis in Y. lipolytica cells from that of acetic acid consumption and therefore allow for the development of a dense microbial culture and high lipid concentration in the second bioreactor. We also demonstrate for the first time to our knowledge the separation of the growth phase of M. thermoacetica from the phase of acetic acid production: First a robust culture of M. thermoacetica is established in a CO-dependent growth phase by using a CO 2 /CO gas mixture, and then the gas composition is switched to a H 2 /CO 2 mixture that produces acetate at significantly higher specific productivity. This advance allowed us to secure both high specific productivity and a high cell density of M. thermoacetica for an overall very high volumetric productivity of 0.9 g of acetate·L −1 ·h −1 . The two processes are then integrated in a single continuous-flow gas-to-oil processing scheme (Fig. 1) , with design decisions based on the performance characteristics of the individual reactors.
Significance
In the quest for inexpensive feedstocks (cost-effective fuel production), here we show a two-stage integrated bioprocess for the conversion of syngas to lipids. We harness the innate capability of acetogens and explore concepts of gas-to-liquid mass transfer to produce an integrated two-stage bioreactor system that can convert gases to liquid fuels at scale. Additionally, as the rate of CO 2 fixation substantially exceeds that of CO 2 generation in the two units of the process, there is significant potential for CO 2 recycling in our integrated system. In a broader sense, implementation of these concepts for fuel production may extend to a number of commercially important biological platforms, depending on the potential sources of synthesis gas or its conversion products, namely, acetate.
Results
Cell Growth and Acetate Production from Syngas. Acetic acid production from syngas by M. thermoacetica is shown in Fig. 2 , which presents time courses for growth and acetic acid titer in an anaerobic bubble column run independently. Our prior work provided the basis for flow rates relevant to this study (7) . Fermentation was carried out at a flow rate of 1,000 standard cubic centimeters per minute (sccm), using either CO or H 2 as reducing gas at a composition of 7/3 CO/CO 2 or 7/3 H 2 /CO 2 . Substantial amounts of acetic acid (in excess of 30 g/L) were produced under both conditions during similar time periods. Notably, the maximum cell density under H 2 (max OD of ∼2.5) was less than one-quarter of that achieved with CO (max OD of ∼11) as electron donor. Because the volumetric productivities of acetic acid were similar in these two experiments, the specific productivity of acetic acid under H 2 /CO 2 was therefore four times greater than that under CO/CO 2 . This difference in specific cell productivity is likely due to the energetic difference between H 2 and CO metabolism in this organism. M. thermoacetica generates ATP under autotrophic conditions by chemiosmosis. In this mechanism, oxidation of reduced ferredoxin by an energy-conserving hydrogenase complex (Ech) results in translocation of protons across the membrane. The generated proton gradient is used by the membrane-bound ATP synthase to generate ATP (8) . Production of acetyl-CoA from H 2 /CO 2 involves oxidation of 2 mol ferredoxin for every mole of acetyl-CoA synthesized, whereas production of acetylCoA from CO requires oxidation of 6 mol of ferredoxin. Thus, growth on CO supports more ATP production, which, in turn, translates into higher biomass concentrations. The apparent ATP limitation during growth on H 2 /CO 2 forces increased diversion of acetyl-CoA from biomass synthesis to acetate production to increase ATP synthesis via substrate-level phosphorylation, resulting in higher overall acetate fluxes per unit biomass.
Acetate Productivity with Gas Composition Switch and Media Replacement.
As shown in the previous section, the specific productivity of acetate on H 2 by M. thermoacetica is about four times that achieved on CO. On the other hand, much higher cell densities can be supported by a CO/CO 2 mixture. This suggests that one should first grow the M. thermoacetica culture on a CO/CO 2 mixture and switch to a H 2 /CO 2 composition after the culture is established to take advantage of the higher acetate specific productivity on hydrogen. An experiment was thus designed to assess whether the high cell density achievable by growth on CO/CO 2 could be harnessed for higher overall productivity by switching the gas composition to H 2 /CO 2 after the initial growth phase. However, the simple switch of gas composition led to a significant decline of Time (h) Fig. 2 . Cell growth and acetic acid production using either CO or H 2 as a reducing gas at a composition of 7/3 CO/CO 2 or 7/3 H 2 /CO 2 and a flow rate of 1,000 sccm. The maximum cell density under H 2 (max OD of ∼2.5) is less than one-quarter of that achieved with CO (max OD of ∼11) as electron donor. Substantial amounts of acetic acid (∼30 g/L) are produced under both conditions. SDs from triplicate runs are presented. (A-C) Time courses of (A) acetic acid concentration, (B) specific hydrogenase activity, and (C) optical density for two different methods of switching the gas composition in the anaerobic bubble column. Solid symbols are for the case in which the gas switch from CO/CO 2 (4/1) and the flow rate of 1,000 sccm to H 2 /CO 2 (2/1) were performed and the same flow rate was accompanied with replacement of half of the reactor medium with fresh media. In the run represented by the open symbols a similar gas switch was carried out but without medium replacement. SDs from triplicate runs are presented.
M. thermoacetica culture and no change in acetic acid production (Fig. 3) . We hypothesized that this might be due to low hydrogenase activity at the time of the switch, which is known to be inhibited by carbon monoxide (Fig. 3B) . Although constitutively expressed, hydrogenase activity is 18-fold higher in H 2 -cultivated cells than in CO-grown cells (9) , and it is required for growth on H 2 as a sole electron donor. Successful transition from CO to hydrogen without decline in cell mass and that also maintained the biosynthetic capacity of cells was achieved when half the medium was replaced with fresh medium at the same time of the gas switch. In this experiment, after an initial decline caused by the dilution from the fresh medium, cell density was stabilized (Fig.  3C ) at the new value following the gas switch and, more importantly, maintained its acetic acid productivity. An average overall acetic acid productivity of 0.9 g·L
·h −1 after the gas switch was obtained, which was 50% higher than that of 0.6 g·L
·h −1 observed before the gas switch. These results are consistent with the time course of hydrogenase activity, which rose roughly 20-fold in 1 d following the replacement of CO by H 2 . This experiment demonstrated that the volumetric productivity of acetic acid could be significantly improved by switching the gas composition and replacing the media midrun, relative to what was possible before using CO 2 /H 2 or CO 2 /CO gas alone. ) compared with our study, albeit at lower lipid titers (12 g/L), conversion yields (0.13 g/g), and lipid content of 40%.
Lipid Production from Low-Strength Acetic Acid by Y. lipolytica. A dilute substrate will result in a dilute product. An exception is possible in the case of intracellular products (like lipids) and also when cells are recycled to increase their residence time in the bioreactor to allow them more time to attain higher lipid content. This can be achieved with the use of a hollow fiber membrane whereby spent medium with a low concentration of residual acetate is removed whereas cells are recycled back into the bioreactor. This scheme was implemented and Fig. 5 shows the time courses of lipid production from dilute acetic acid (3% vol/vol). A lipid titer of 46 g/L was obtained with an overall productivity of 0.27 g·L −1 ·h −1 and lipid content of 59%. An average lipid composition profile generated in this run is shown in Fig. 6 . This profile is similar to that of Knothe (11) , with higher fractions of unsaturated fats, which are desirable as they increase the cetane number and decrease the cloud point of the resulting biodiesel.
Carbon fluxes were calculated for this run. Y. lipolytica consumes acetic acid and converts the carbon to CO 2 , lipids, and nonlipid biomass, with small amounts of citrate produced as a byproduct. The cumulative carbon mass balance is closed to within 5%, with CO 2 accounting for 54% of the total carbon products (Fig. 7) . A stoichiometric model was constructed to assess the efficiency of acetate utilization during the fermentation process, considering usual metabolic processes and associated ATP and NADPH costs for nonlipid biomass production (growth) as well as lipid production. Details of the model are provided in SI Notes on the Model. The model essentially predicts, for a given amount of lipid and biomass formed, the amounts of acetate required and CO 2 formed, based on reasonable assumptions about the pathways responsible for the main metabolic processes underlying growth and lipid synthesis. By substituting the experimentally measured lipid and nonlipid production data, we determined the theoretically predicted amount of acetate consumption and carbon dioxide production. Upon comparison with the respective experimentally observed levels of acetate consumption and CO 2 production it can be seen that experimental lipid production and nonlipid production are within 10% of the theoretical values, as shown in Fig. 8 . This suggests that the engineered strain is well optimized for lipid synthesis, wasting very little substrate for other processes. system of Fig. 1 was assembled and operated as shown in Table 1 . Fig. 9 shows the time courses for cell growth and acetic acid production by M. thermoacetica in the anaerobic bubble column, with Fig. 10 summarizing the same for Y. lipolytica in the aerobic stirred tank bioreactor. Before 93 h (first phase), the anaerobic bioreactor was fed with a CO/CO 2 gas mixture at 1,000 sccm and composition of (4/1). During this period, M. thermoacetica grew to an OD of 10.3 and acetic acid accumulated to 12 g/L with a productivity of 0.4 g·L
, excluding the lag phase. Then, the gas supply was changed to H 2 /CO 2 at a flow rate of 1,200 sccm and composition of (2/1). The second phase lasted from 93 h to 218 h and was characterized by a steady increase of acetic acid until the maximum of 25 g/L was reached. After the gas switch, the cell OD dropped from the maximum value of 10.3 to about 8 and recovered slowly until the end of the second phase (see Fig. S1 for different media ratios). At the same time (186-218 h), ∼1,000 mL liquid medium was removed from the anaerobic bioreactor through a hollow fiber membrane and fed into the aerobic bioreactor. In the third phase (after 218 h), a continuous-flow operation was initiated, which maintained the level of acetic acid in the anaerobic reactor at the maximum concentration of ∼25 g/L. This was achieved by continuously removing acetic acid while recycling M. thermoacetica cells through a hollow fiber membrane. Cell growth was minimal during this phase and the reactor thus operated like a perfusion bioreactor. The maximum acetic acid concentration of 25 g/L was selected to prevent inhibition of further acetate production (7). The working volumes of both bioreactors were maintained constant by the addition of fresh media in the first bioreactor and removal of spent media from the aerobic bioreactor as shown in Fig. 1 . The acetic acid concentration of the media reservoir was measured periodically between 118 h and 312 h, with a total of 212 g acetic acid produced in 194 h. The average productivity of acetic acid was 1.1 g·L
·h −1 after the gas switch, threefold higher than the first stage when CO/CO 2 was used as gas feedstock.
The time courses of cell growth and lipids production in the aerobic bioreactor are presented in Fig. 10 . Lipid titer was 18 g/L and lipid content 36%. Although these numbers are lower than those achieved in the individual units and prior studies (2), the results are nevertheless encouraging as they demonstrate the feasibility of operating an integrated gas-to-lipids process, which was the goal of this study. A comparison of the results obtained from the single-stage bioreactors and those of the combined process is provided in Table 2 . The main difference between the independent lipid production run and the integrated process is the lipid yield from acetic acid. In the single-unit investigation, more acetic acid was converted to lipids, whereas in the combined process more acetic acid was converted to nonlipid biomass. In Y. lipolytica, the C/N ratio is known to strongly influence lipid production and titers. In the combined process, the C/N ratio was not strictly controlled and this likely impacted the yields negatively. Therefore, future experiments should aim to minimize the nitrogen content of the M. thermoacetica medium, which will limit the nitrogen content of the acetic acid feed to the Y. lipolytica reactor after the start of the lipid production phase.
Discussion
There are several new concepts deployed in this study that allowed the successful implementation of the integrated gas-to-lipids Fig. 7 . Carbon balance of acetate consumption and lipid production. Shown are input carbon as acetate and output carbon (lipid, nonlipid, byproducts, and CO 2 ). The cumulative carbon mass balance is closed to within 5%, with CO 2 accounting for 54% of the total carbon products. Fig. 8 . Theoretical predictions and experimental values of acetate consumed and CO 2 produced. A stoichiometric model was constructed to assess the efficiency of acetate utilization during the fermentation process, taking into account acetate consumed and CO 2 produced for both nonlipid biomass production (growth) and lipid production, including the associated ATP and NADPH costs of these processes. The experimental CO 2 production and acetate consumption are within 10% of the expected theoretical values. Model detail is provided in SI Notes on the Model. conversion process. First, we used the acetogen M. thermoacetica as a model organism because of its very high autotrophic flux to acetyl-CoA, which naturally produces acetate at very high rates and almost theoretical yields via the canonical Wood-Ljungdahl pathway. Additionally, the high temperature of operation (T opt 60°C) of this thermophilic organism makes it of industrial interest as it would require less cooling of syngas before feeding the bioreactor (12) compared with the other model acetogens, Clostridium ljungdahlii (T opt 37°C) (13) and Acetobacterium woodii (T opt 30°C) (14) . Our prior work with M. thermoacetica (7) provided the basis of acetic acid production at high rates relevant to this study. Second, this work highlights a novel gas composition switch strategy as an important part of the process required for achieving higher overall acetate productivity. Additionally, this result points out the importance of the physiological state of M. thermoacetica at the time of switching the gas composition, so future experiments should aim at identifying optimal medium replacement and culture viability or alternately modifying medium composition to achieve maximum titers, yields, and productivities.
Third, as summarized in Table 2 , the numbers of merit obtained for the integrated system are lower than those achieved for the individual bioreactor units. Additionally, the overall energetic efficiency (from hydrogen to lipid and yeast) of the integrated system is 34.4%, compared with maximum theoretical values of 43% (considering yeast energy content) and 60.5% (assuming only hydrogen and tripalmitin are the energy carriers). Model detail on energy efficiency calculation is provided in SI Notes on Energy Efficiency Calculations. Therefore, the process requires further optimization. Nitrogen control in the media of the two units is mentioned as one direction that can be pursued to this end.
Fourth, there is significant potential for reduction of CO 2 emissions in our system compared with the single-stage systems. For example, the process in the first reactor is theoretically expected to consume 100.2 mol CO 2 whereas aerobic lipid synthesis is theoretically expected to produce 49.22 mol CO 2 (a cumulative balance for the whole operation). As such, our process actually fixes CO 2 using CO and/or H 2 as reducing agents. Carbon dioxide generated in the lipid-producing aerobic reactor could be recycled and used by the anaerobic bacteria of the first stage, yielding a significant overall rate of CO 2 fixation. In the same vein, the nonlipid biomass could be used to supply the yeast extract used in the media of both reactors following extraction of the lipids.
The main limitation in biodiesel (the primary renewable alternative to diesel) production is feedstock availability and cost (15) . It is unlikely that food-competing feedstocks will contribute significantly to the production of renewable transportation fuels (16) . In the quest for a cheaper feedstock, synthesis gas offers attractive features. Also, steel mill gas and natural gas can be used as a cost-effective feedstock (12, (17) (18) (19) . As such, a syngas-toliquids process represents an infrastructure-compatible platform that will be important for reducing dependence on fossil fuels. The gas-to-liquid concept presented here has the potential to provide biodiesel production from CO 2 in a way that does not impose demands on or changes of land use and is not confined by the need of access to carbohydrate feedstocks.
Materials and Methods
Bacteria, Media, and Cultivation Conditions. For details on routine cultivation of microorganisms and descriptions of the strains used, see SI Notes on Materials and Methods.
Anaerobic Bubble Column Bioreactor Operation. M. thermoacetica was grown in a 1-L glass bubble column bioreactor at 60°C. Gas composition was controlled with a four-channel mass flow controller and pH was controlled by addition of 5 N sodium hydroxide or hydrochloric acid. Prepared medium (excluding cysteine) was autoclaved, transferred to the bioreactor, and purged with oxygen-free N 2 gas overnight. pH was adjusted to 6.0 unless otherwise stated, and syngas flow was initiated and continuously bubbled Fig. 9 . Cell growth of M. thermoacetica and acetic acid production of the integrated fermentation experiment. In all three phases gaseous substrate is provided in continuous mode, whereas liquid as batch mode is provided in the first two phases. In the third phase both gas and liquid are in continuous mode. Successful gaseous substrate switch allowed acetic acid production (maximum concentration of ∼25 g/L) in the anaerobic reactor. This is achieved by continuously removing acetic acid while recycling M. thermoacetica cells through a hollow fiber membrane. SDs from triplicate runs are presented. through the bioreactor (see SI Notes on Materials and Methods for syngas composition). A cysteine solution was added to the medium to remove residual oxygen, and the bioreactor was inoculated at 5% vol/vol. Stirred Tank Aerobic Bioreactor Conditions. Y. lipolytica was grown in a 2-L stirred tank bioreactor. Dissolved oxygen (DO) was controlled to 20% saturation, and pH was controlled to 7.3 by addition of acetic acid. During the first 70 h of growth, the feed consisted of 3% acetic acid and 15 g/L ammonium sulfate to provide sufficient nitrogen for generation of nonlipid biomass. Thereafter the feed consisted solely 3% vol/vol acetic acid. Additional acetate required to maintain an acetate concentration of ∼15 g/L was provided as a sodium acetate solution (300 g/L). A hollow fiber module was used to recycle cells and maintain constant volume (20) . A theoretical maximum of carbon accumulation is determined as lipid and nonlipid production on acetate (21, 22) .
Integrated Bioprocess System. The bubble column bioreactor (for M. thermoacetica) and stirred tank bioreactor (for Y. lipolytica) were integrated in a process shown schematically in Fig. 1 . Experimental conditions during integrated bioprocess run are provided in Table 1 , and the complete operation is described in SI Notes on Materials and Methods. Briefly, the bubble column was operated first in a batch mode with respect to the liquid phase. Following the switch of syngas composition and the attainment of stationary phase, continuous liquid removal was initiated and cells were recycled via a hollow fiber membrane. After 1 L effluent had been transferred, the aerobic bioreactor was inoculated and operated continuously, again with cell recycling accomplished via a hollow fiber membrane.
Fermentation Analytics. Effluent gas composition was analyzed via microGC-TCD (gas chromatography-thermal conductivity detector). Acetate and citrate were measured via HPLC with refractive index detector (RID) detection. Growth was monitored via OD 600 for M. thermoacetica (23) and gravimetrically for Y. lipolytica. Conversion of OD to dry cell weight was via ratios determined in our laboratory. Total lipids were quantified using a modified version of a direct transesterification protocol adapted from US Patent 7932077 (24) and Griffiths et al. (25) , using gas chromatography-flame ionization detector (GC-FID). For details see SI Notes on Materials and Methods.
Hydrogenase Assay. Hydrogenase activity was assayed anaerobically by standard protocols following the reduction of benzyl viologen with permeabilized cells in a sealed cuvette (26, 27) . For details see SI Notes on Materials and Methods. 
